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Abstract

A tanks-in-series model was applied for mathematical modeling of the unsteady state performance of a semi batch operation in a
10.5 dm3 internal loop airlift bioreactor for the production of gluconic acid by fermentation. A set of first order differential equations for
the material balances of micro-organism, substrate, product, and dissolved oxygen around the hypothetical well mixed stages in the riser
and the downcomer was solved simultaneously using the Athena software package. The kinetic model used considers the effect of two
substrates (glucose and dissolved oxygen) on the growth rate.

Both the effect of airflow rate and the height of the airlift bioreactor on the gluconic acid production were investigated. The model has
been validated with experimental data. The model is simple enough to be used in design studies and it can be adapted to airlift system
configurations and fermentation systems other than gluconic acid fermentation.
© 2004 Elsevier B.V. All rights reserved.
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1. Introduction

Most industrial bioreactors are still conventional stirred
tanks. As alternatives to them, recently, airlift bioreactor de-
signs have received increased attention. Due to their simple
construction and less shear stress imposed on shear sensi-
tive cells compared with stirred tanks, they have potential
applications in biotechnology industries. However, an accu-
rate description of the performance of airlift bioreactors is
still difficult [1,2]. Mixing in airlift bioreactors is usually
imperfect and mathematical models for airlift bioreactors
cannot be described by neither perfect mixing (continuous
stirred tank reactors: CSTR) nor plug flow (plug flow re-
actors: PFR)[3,4]. The mixing model used in most of the
previous investigations dealing with airlift bioreactors is an
axial dispersion model (ADM)[3–6]. It should be noted that
the ADM could describe satisfactorily only mixing, which
slightly deviates from the plug flow[7]. Furthermore, a set of
differential equations and boundary conditions obtained for
the axial dispersion model has to be solved by rather com-
plicated numerical techniques. The extension of the ADM
to more complicated mixing is very difficult. On the other
hand, a tanks-in-series model used in this work is applicable
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to the whole mixing extents including perfect mixing and
plug flow mixing. Moreover, the tanks-in-series model pro-
vides a set of first order differential equations, which can
be solved using rather simple numerical techniques. In the
tanks-in-series model, a modification of the model for mi-
cromixing or back mixing can be accomplished simply by
introducing back flowb, as the ratio of the back flow rate
to the net forward liquid flow rate, which does not cause
difficulty in solving the equations.

Therefore, the tanks-in-series model utilizes two param-
eters, the number of tanks in seriesN and the back flowb,
while the ADM contains only one parameter, the axial dis-
persion coefficientDax, which characterizes the deviations
from ideal flow. The relationship between these two models,
can be represented by[8],

1

Pe
= b + (1/2)

N
(1)

If back flow is absent, i.e.,b = 0, Eq. (1)changes to the
well known relationship between the tanks-in-series model
and the ADM where the equivalent number of tanks is given
by Pe/2. Eq. (1)has another interesting feature; it shows that
the overall back mixing process is the addition of perfect
mixing within each stage and finite back mixing between
each stage.
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Nomenclature

Ab cross-sectional area under the baffle (m2)
Ad cross-sectional area of the downcomer (m2)
Ar cross-sectional area of the riser (m2)
b back flow
Cl dissolved oxygen concentration (g dm−3)
C∗

l equilibrium dissolved oxygen concentration
(g dm−3)

DO dissolved oxygen
Dax axial dispersion coefficient (m2 s−1)
Dr riser diameter (m)
g gravitational acceleration (m s−1)
hD height of dispersion (m)
hL height of gas-free liquid (m)
hr height of the riser (m)
KB form friction loss coefficient for the

bottom section
kla overall oxygen mass transfer coefficient (h−1)
KO Contois oxygen limitation constant
KS Contois saturation constant
M number of stages in the riser
mO maintenance coefficient g substrate (g cells h)−1

mS maintenance coefficient g substrate (g cells h)−1

N number of stages in the bioreactor
P product concentration (g dm−3)
PG power input due to gas (W)
Pe Peclet number
Ql liquid flow rate (dm3 min−1)
QG gas flow rate (dm3 min−1)
S substrate concentration (g dm−3)
t time (h)
Ugr superficial liquid velocity in the

downcomer (m s−1)
Ulr superficial liquid velocity in the riser (m s−1)
Vb volume of the bottom section (dm3)
Vd volume of the downcomer section (dm3)
VL working volume of the reactor (dm3)
Vlr linear liquid velocity in the riser (m s−1)
Vld linear liquid velocity in the downcomer (m s−1)
Vr volume of the riser section (dm3)
Vt volume of the top section (dm3)
X biomass concentration (g dm−3)
YPO yield constant g product/g oxygen
YPS yield constant g product/g glucose
YXO yield constant g biomass/g oxygen
YXS yield constant g biomass/g glucose

Greek letters
α growth-associated product formation coefficient
β non-growth-associated product formation

coefficient (h−1)
γ growth associated parameter in the Luedeking-

Pirt-like equation for substrate uptake g
substrate/g biomass

δ parameter in the Luedeking-Pirt-like equation
for oxygen uptake g oxygen/g biomass

λ non-growth associated parameter in the
Luedeking-Pirt-like equation for substrate
uptake g substrate/g biomass h (h−1)

µ specific growth rate (h−1)
µm maximum specific growth rate (h−1)
εgd gas hold up in the downcomer
εgr gas hold up in the riser
ρL liquid density (g dm−3)
φ parameter in the Luedeking-Pirt-like equation

for g oxygen/g biomass h oxygen uptake (h−1)
Ψ parameter inEq. (31)

An axial dispersion model and a tanks-in-series model
have been applied to describe mixing in bioreactors,
Table 1. In spite of the applicability and flexibility of the
tanks-in-series model, only few investigations concerning
modeling have been published for simulation of fermen-
tation systems including imperfect mixing in an airlift
bioreactor.

Turner and Mills[15] pointed out that the tanks-in-series
or mixing cell model is more realistic and advantageous
compared with the ADM. Prokop et al.[9] and Erickson et al.
[10] examined the performance of a multistage tower fer-
mentor using a tanks-in-series model with back flow. In their
studies, bubble column bioreactors were considered rather
than airlift bioreactors. Furthermore oxygen mass transfer
was not taken into account. Ho et al.[11], Andre et al.[12]
and Pigache et al.[14] applied tank-in-series models to sim-
ulate oxygen transfer in airlift bioreactors. However, they
did not discuss cultivation of microorganisms in the biore-
actors. Kanai et al.[16], applied the tanks-in-series model
with back flow to simulate the cultivation in airlift bioreac-
tors and to discuss their steady state performance.

The assumption of steady state operation is very common
in the analysis of airlift bioreactors. However, the models
for the steady state yield no information, as how the steady
state is attained. Little work has been carried out on unsteady
state performance of airlift bioreactors.

In this study, a mathematical model based on a tanks-in-
series model with back flow has been developed to simulate
the fermentation of gluconic acid in airlift bioreactors under
unsteady state.

2. Mathematical modeling for airlift bioreactors

The airlift bioreactor is composed of a column, which is
divided into the region containing the gas liquid up flow (the
riser) and the region containing the gas liquid down flow (the
downcomer). The airlift bioreactors are usually classified
into internal loop and external loop bioreactors according to
the type of liquid recirculation.
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Table 1
Simulation of tower type bioreactors

Authors Reactor Kinetic model Operation Mixing model

Prokop et al.[9] Airlift Oxygen transfer Continuous Tanks-in-series with back flow
Erickson et al.[10] Bubble column Monod Continuous Tanks-in-series with back flow
Ho et al. [11] Airlift Oxygen transfer Continuous and batch Tanks-in-series with back flow
Merchuk and Stein[5] Airlift Monod Continuous Axial dispersion
Adler et al. [6] Airlift Monod Continuous Axial dispersion
Luttman et al.[3] Airlift Monod Batch Axial dispersion
Andre et al.[12] Airlift Oxygen transfer Continuous and batch Tanks-in-series
Lavric and Muntean[13] Airlift Monod Continuous Axial dispersion
Pigache et al.[14] Airlift Oxygen transfer Continuous Tanks-in-series

In this simulation, the mixing characteristics are described
by a tanks-in-series model. In the tanks-in-series model, the
flow in the airlift bioreactor is considered as flow through a
series of equal sized, well-mixed stirred stages or tanks and
the parameter describing non-ideal flow is the number of
stages. The mixing characteristics of the riser, downcomer,
top and bottom sections in airlift bioreactors are different
[17]. For example, in the computer simulation model of Mer-
chuk and Stein[18], the mixing characteristics in the riser
and the downcomer were postulated as plug flow and the
head space was considered to be well mixed. An extension
for the incorporation of micro-mixing effects into the model
can be done by introducing back flow. The model is repre-
sented schematically inFig. 1. The bottom section (i = 1) is
treated as a well-mixed stage. The riser and the top sections

Qg,out

Ql Q dg,

(1+b)

b (back flow)

Q

Bottom           i=1 

Riser               i=2 ….M-1 

Top                 i=M 

Downcomer    j=M+1….N

1

N 2  

i

M-1

j

M+1

M

g,in

Fig. 1. Schematic diagram of the tank-in-series model for the airlift bioreactor.

(i = 2, . . . , M) are described as tanks-in-series with back
flow. Since the flow in the downcomer (j = M + 1, . . . , N)
is relatively well defined, the back flow in the downcomer
is neglected.

At the top section, most of gas bubbles passing upward in
the riser disengages and only the rest is entrained downward
by liquid recirculation into the downcomer. On the other
hand, the flow in the downcomer is almost single-phase and
relatively well defined. Therefore, the backmixing in the
downcomer is neglected. The riser, including the top and
bottom sections, is divided into (M) hypothetical well mixed
stages. In other words, (M − 2) stages with back flow are
used to characterize mixing in the riser. Consequently, mix-
ing in the downcomer is represented by (N− M) stages with-
out back flow. The stages in the riser are numbered upwards
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and those in the downcomer are numbered downwards. The
oxygen concentrations in the gas phase is assumed to be
uniform [12], and the value of equilibrium dissolved oxy-
gen concentration,C∗

l , was assumed constant throughout
the fermentor and during the fermentation and equal to
0.00651 g dm−3, i.e., Cl(t = 0). At the bottom section, the
gas feed and the recycle flow from the downcomer are intro-
duced. It is assumed that the fermentation has a good temper-
ature control and the temperature is constant. Consequently,
in this study, energy balances are not taken into account, as
well as in the work of Luttman et al.[3], and Kanai et al.[16].

2.1. Material balances in different sections of the ALR

The tanks-in-series model with back flow provides simul-
taneous first order ordinary differential equations, which are
material balances of the microorganism, substrate, product,
and dissolved oxygen for hypothetical well-mixed tanks or
stages. The unsteady state material balances of these com-
ponents can be written as follows:

2.1.1. Bottom section (i= 1)
For the micro-organism, substrate, and product (C = X,

S, andP)

dCl

dt
= Q

Vb(1 − εgr)
CN + bQ

Vb(1 − εgr)
C2

− (1 + b)Q

Vb(1 − εgr)
C1 + rC,1 (2)

For the dissolved oxygen (Cl )

dCl,1

dt
= Q

Vb(1 − εgr)
Cl,N + bQ

Vb(1 − εgr)
Cl,2

− (1 + b)Q

Vb(1 − εgr)
Cl,1+ (kla)(C∗

l,1 − Cl,1) + ro,1 (3)

2.1.2. Riser section (i= 2, . . . , M − 1)
For the micro-organism, substrate, and product (C = X,

S, andP).

dCi

dt
= bQ

(Vr/(M − 2))(1 − εgr)
[Ci+1 − Ci]

+ (1 + b)Q

(Vr/(M − 2))(1 − εgr)
[Ci−1 − Ci] + rC,i (4)

For the dissolved oxygen (Cl )

dCl,i

dt
= bQ

(Vr/(M − 2))(1 − εgr)
[Cl,i+1 − Cl,i]

+ (1 + b)Q

(Vr/(M − 2))(1 − εgr)
[Cl,i−1 − Cl,i]

+ kla(C∗
l,i − Cl,i) + ro,i (5)

2.1.3. Top section (i= M)
For the micro-organism, substrate, and product (C = X,

S, andP)

dCM

dt
= Q(1 + b)

VT(1 − εgr)
[CM−1 − CM ] + rC,M (6)

For the dissolved oxygen (Cl )

dCl,M

dt
= Q(1 + b)

VT(1 − εgr)
[Cl,M−1 − Cl,M ]

+ kla(C∗
l,M − Cl,M) + ro,M (7)

2.1.4. Downcomer section (i= M + 1, . . . , N)
For the micro-organism, substrate, and product (C = X,

S, andP)

dCi

dt
= Q

(Vd/(N − M))(1 − εgd)
[Ci−1 − Ci] + rC,i (8)

For the dissolved oxygen (Cl )

dCl,i

dt
= Q

(Vd/(N − M))(1 − εgd)
[Cl,i−1 − Cl,i]

+ kla(C∗
l,i − Cl,i) + ro,i (9)

whererC,i = rX,i, rS,i, rP,i

2.2. Kinetic model

The kinetic model presented in[19] will be used in this
simulation to describe the gluconic acid fermentation. The
model is given byEqs. (10)–(14).

rX,i = dXi

dt
= µiXi (10)

rS,i = dSi

dt
= −γ

dXi

dt
− λXi (11)

rP,i = dPi

dt
= α

dXi

dt
+ βXi (12)

ro,i = dCl,i

dt
= −δ

dXi

dt
− φXi (13)

i = 1 → N, where the specific growth rate (µi) is,

µi = µm

Si

KSXi + Si

Cl,i

KOXi + Cl,i
(14)

and

γ =
(

1

YXS
+ α

YPS

)
(15)

λ =
(

β

YPS
+ mS

)
(16)

δ =
(

1

YXO
+ α

YPO

)
(17)
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Table 2
Kinetic parameters estimated

Parameter Kinetic parameters for
2 and 5 dm3 STR [19]

Adjusted kinetic parameters for
10.5 dm3 ALBR, this work

µm 0.3610 0.3610
α 2.580 4.5865
β 0.1704 1.3757
γ 2.1768 3.9868
λ 0.2937 0.9560
δ 0.2724 1.2699
φ 0.0425 0.0614
KS 21.447 21.239
KO 0.001061 0.004134

φ =
(

β

YPO
+ mO

)
(18)

The specific growth rate defined by,Eq. (14), depends on
two limiting substrates, i.e., glucose and dissolved oxygen.
The kinetic parameters estimated from experiments in 2 and
5 dm3 stirred tank reactors[19], have been used in the present
simulation for predicting the gluconic acid fermentation in
a 10.5 dm3 airlift bioreactor. However, unfortunately, agree-
ment between the simulation and experimental results was
too poor. Therefore, adjusting of these kinetic parameters, is
necessary to get a better agreement. The set of the adjusted
kinetic parameters used in the simulations are summarized
in Table 2. We believe that these parameters will be suitable
for different airlift bioreactor scales.

2.3. Hydrodynamic and mass transfer correlations

The liquid velocities in the airlift bioreactor were calcu-
lated using the well known and widely tested model devel-
oped by Chisti for airlift devices[20],

ULr =
[

2ghD(εgr − εgd)

KB(Ar/Ad)2(1/(1 − εgd)2)

]0.5

(19)

where

KB = 11.40

(
Ad

Ab

)0.79

(20)

The height of the dispersionhD was calculated from the
known heighthLof the gas-free liquid and the overall gas
holdup; thus,

hD = hL

1 − εg
(21)

The superficial liquid velocity,Eq. (19), could be con-
verted to the linear liquid velocity in the riser (Vlr ) and the

Table 3
Basic parameter of the airlift reactor[22]

VL (dm3) D (m) hL (m) hr (m) Dr (m) Ad/Ar hL /D Vr (dm3) Vd (dm3) Vt (dm3) Vb (dm3)

10.5 0.108 1.24 1.145 0.070 1.23 11.5 4.404 5.417 0.554 0.125

downcomer (Vld),

Vlr = ULr

1 − εgr
(22)

Vlr (1 − εgr)Ar = Vld(1 − εgd)Ad (23)

The gas hold-ups in the riser and the downcomer are re-
lated to the overall hold up by the analytical relations,

εg = Arεgr + Adεgd

Ar + Ad
(24)

The overall gas holdup was obtained by the following
equation[20]:

εg = 4.334× 10−3
(

PG

VL

)0.499

(25)

The following equation is necessary for calculation ofεgr
or εgd,

εgd = 0.89εgr (26)

For the axial dispersion coefficient of the liquid phase
Towell and Ackermann[21], as cited in[22], found:

Dax = 2.61D1.5
r U0.5

gr (27)

The overall oxygen transfer coefficient was calculated by
the following equation[20],

kla = 1.27× 10−4
(

PG

VL

)0.925

(28)

where(
PG

VL

)
= ρLgUgr

1 + (Ad/Ar)
(29)

(kla)r and(kla)d values were selected in such a way that the
following two equations were satisfied:

kla = (kla)rAr + (kla)dAd

Ar + Ad
(30)

(kla)d = Ψ(kla)r (31)

The value ofΨ was fixed at 0.8 as recommended by Chisti
[20]

3. Experiments

An internal-loop airlift bioreactor made of glass with
a working volume of 10.5 dm3 was used. The details
of the bioreactor geometry are given inTable 3. The
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Fig. 2. Schematic diagram of the experimental apparatus[23].

scheme of the experimental equipment is depicted inFig. 2
[23].

The microorganismA. nigerCCM 8004 was used in this
study. The mycelium grew in a pellet form. The inoculum
was prepared in a shake flask for 48 h. The bioreactor was
inoculated with 2% of volume. The reactor temperature was
kept at 30◦C. Air was used as the gas phase. The airflow
rate of 15 dm3 min−1 (at 298 K and atmospheric pressure)
was applied. Concentrations of gluconic acid and glucose in
the sample solution were analyzed using high performance
liquid chromatography (HPLC)[23].

4. Results and discussion

4.1. Determination of the model parameters

The values of gas-hold ups, mass transfer coefficients, and
liquid circulation rate in an internal loop airlift bioreactor
are required for computer simulations. These values can be
evaluated usingEqs. (19)–(31)for our experimental condi-
tions. The obtained results are given inTable 4. In this study,
the gas hold up is assumed to be constant within both the
downcomer and the riser sections. The value of the gas hold

Table 4
Numerical values of the parameters used in the model

Ql (m3 s−1) Qg (m3 s−1) εgr εgd (kla)r (s−1) (kla)d (s−1) Vlr (m s−1) Vld (m s−1)

5.865× 10−4 2.566× 10−4 0.0785 0.0699 0.0273 0.0219 0.1655 0.133
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Fig. 3. Comparison of simulated (solid line) and experimental (points)
profile of the biomass.

up in the head region (separator) is difficult to measure ow-
ing to the turbulent, wavy liquid surface; however, its value
is assumed to be equal to that in the riser.

4.2. Estimation the number of stages in the riser and the
downcomer

The extent of longitudinal mixing in the downcomer is
represented by 10 stages (N − M = 10) or approximated
as a plug flow[24]. To specify the number of stages in the
riser including the top and bottom stages, i.e.,M, Eq. (1)
has been employed, as explained inTable 5.

The 7 stages in the riser are numbered 2–8 upwards, the
10 stages in the downcomer are numbered 10–19 downward,
and the first and ninth stages represent the bottom and top
sections, respectively, of the airlift bioreactor.

4.3. Simulation of gluconic acid production

Figs. 3–6, show typical time profiles of the biomass, glu-
conic acid, substrate, and dissolved oxygen, respectively,
at an air flow rate of 15 dm3 min−1 in a 10.5 dm3 internal
loop airlift bioreactor. During the exponential growth phase,
the biomass concentration exponentially increases with cul-
tivation time and the corresponding substrate concentration
rapidly approaches zero. Growth rate decelerates due to de-
pletion of the substrate and dissolved oxygen near the end
of the exponential growth phase.

Moreover, these figures show the comparison of the sim-
ulated and experimental profiles for the biomass, gluconic
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Table 5
Evaluation of the number of stages in the riser (M)

hD (m) Eq. (8) Ugr = Qg/Ar (m s−1) Dax,r (m2 s−1) Eq. (13) Pe,r = Vlr hD/Dax,r M, with b = 0 Eq. (1)

1.339 0.0667 0.0125 17.744 ≈9
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Fig. 4. Comparison of simulated (solid line) and experimental (points)
profile of the GA.

acid, substrate, and dissolved oxygen, respectively. The pre-
diction of the model is quite good and it can finely describe
the gluconic acid ferment in an airlift bioreactor.

4.4. Effect of air flow rate on the cell growth

Figs. 7 and 8, show the effect of airflow rate on the
biomass growth and GA, keeping 57 h as a fixed time
for the duration of fermentation. The biomass growth in-
creased with increased airflow rate in the range of from
9 to 60 dm3 min−1. At aeration rate of 9 dm3 min−1,
3.55 g·dm−3 of biomass and 158 g·dm−3 of GA were pro-
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Fig. 5. Comparison of simulated (solid line) and experimental (points)
profile of the substrate.
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Fig. 6. Comparison of simulated (solid line) and experimental (points)
profile of DO conc. at the first stage (solid line) and at the top (ninth)
stage (dashed line) of the airlift bioreactor.

duced in the scheduled time. The production of biomass
and GA increased with the aeration rate and was stabilized
at 6.21 g·dm−3 and 248 g·dm−3, respectively, at an airflow
rate of 45 dm3 min−1. Beyond 45 dm3 min−1 the effect of
airflow rate on the biomass growth and GA produced was
not significant. This can be attributed to the fact that high
airflow rates can lead to high gas hold ups, enhanced bulk
mixing and improved DO and mass transfer, which pro-
motes the biomass growth and consequently the gluconic
acid. When the airflow rate exceeded 45 dm3 min−1, the
increase in the biomass growth with airflow rate was re-
duced. The reason of this was that because high airflow rate
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Fig. 7. Effect of air flow rate on the biomass concentration at 57 h of
fermentation.
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Fig. 8. Effect of air flow rate on the gluconic acid at 57 h of fermentation.

produced a high shear stress, which could potentially lead to
cellular damage, consequently reducing the ability of cells
to produce gluconic acid. Another reason could be, that
higher airflow rates resulted in higher respiration rates, po-
tentially leading to a significant decrease in glucose source
(substrate) availability for any purpose, including gluconic
acid synthesis,Fig. 9. The results show that there was an
optimum range of airflow rate from 9 to 45 dm3 min−1 for
gluconic acid fermentation in a 10.5 dm3 internal loop airlift
bioreactor. This would have an additional process benefit of
minimizing the costs of compressed air, a major contributor
to the cost of running a large-scale airlift bioreactor[20].

4.5. Axial dissolved oxygen profile

Fig. 10shows that the dissolved oxygen profile in the riser
(2–8 stages) ascends because air is supplied in the riser and
gas–liquid mass transfer occurs. In the riser, the interfacial
mass transfer rate may be larger than the oxygen consump-
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Fig. 9. Effect of air flow rate on the substrate at 57 h of fermentation.
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Fig. 10. Axial variation of DO concentration in 1.24 m (dashed line) and
10 m (solid line) airlift bioreactor atQg = 15 dm3 min−1 after 65 h of
fermentation.

tion of microorganisms and therefore, dissolved oxygen con-
centrations increased along the riser. However, the dissolved
oxygen profiles descend in the downcomer (10–19 stages),
in which no gas dispersion occurs and the consumption of
microorganisms is higher than the mass transfer rate. Con-
sequently, in the downcomer, oxygen is significantly con-
sumed and as a result the dissolved oxygen concentration in
the downcomer decreases significantly.

To show the effect of the bioreactor height on the axial
dissolved oxygen concentrations, two airlift bioreactors have
been considered, a short one (1.24 m) and a tall hypotheti-
cal one (10 m), assuming constant gas flow rate and constant
cross-sectional areas for both of the bioreactors. The result
was illustrated inFig. 10. The shorter reactor (dashed line)
has, a relatively more uniform DO concentration than the
taller one (solid line), where the change of DO concentra-
tion in the riser and the downcomer for the airlift bioreactor
of 1.24 m height is 1.9 × 10−4 and 2× 10−4, respectively.
For the airlift bioreactor of 10 m height these values are
3.1 × 10−4 and 3.3 × 10−4, respectively. The DO concen-
tration in the 10 m airlift bioreactor is higher because of the
greater oxygen partial pressure caused by the liquid head.
Furthermore, in the taller airlift bioreactor, the mean bubble
residence time is longer and a larger fraction of oxygen is
absorbed by the liquid phase. Because of these factors, the
DO concentration at the bottom of the riser (stage 1) and the
downcomer (stage 19) is lower in the 10 m-airlift bioreactor
than that in the 1.24 m bioreactor. The results of simulation
showed that the lowest levels of DO occur at the base of the
bioreactor. This is in agreement with Hatch’s experimental
measurements[25] and theoretical observation of Ho et al.
[11].

Fig. 11shows the variation of the dissolved oxygen con-
centration with time and the number of the stages. At the
beginning of fermentation the DO concentration is constant
along the bioreactor. However, during the course of fermen-
tation the concentration will change as presented inFig. 10.
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Fig. 11. DO concentrations profile along the airlift bioreactor under
unsteady state conditions.

5. Conclusions

In this study, a mathematical model using tanks-in-series
under unsteady state conditions is developed to describe
the production of gluconic acid in an airlift bioreactor. The
model has been tested and the values were compared with
experimental data.

The model is suitable to predict the effect of airflow
rate on the process. For gluconic acid fermentation an op-
timum range of airflow rate (9–45 dm3 min−1) is suitable
in a 10.5 dm3 internal loop airlift bioreactor beyond which
the process will not be economical. Also the effect of the
bioreactor height on the axial dissolved oxygen has been
predicted by the model. The shorter bioreactor, shows rela-
tively more uniform axial DO concentrations than the longer
bioreactor, where a greater variation in DO concentrations
with the height was observed.

For further improvement of the model accuracy, more
suitable correlations for the mass transfer coefficient and gas
hold ups in a real fermentation system should be taken into
account in the model.
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